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Abstract
Hollow fiber membrane contactors are advantageous in natural gas processing where
the required equipment foot-print is small. This is due to the larger available
gas-liquid contactor area, a greater mass transfer coefficient and higher removal
efficiencies. Traditionally, the hollow fiber membrane contactors used for gas-liquid
contacting were designed to have separate absorption and regeneration system, which
may not be practical for offshore application due to limited space. A dual membrane
concept is proposed in this work which combines the contactor and stripper into one
unit operation. In this design, the gas flows through the porous membranes immersed
in a solvent; the solvent strips the gas of the contaminant. Nonporous membranes with
a sweep gas flowing or under low pressure in the same shell, partially regenerate the
solvent by stripping the contaminant out. In addition, baffles were introduced into the
dual membrane module to increase the mass transfer by minimizing shell-side bypass
and increasing liquid velocity. The proposed modules and an ordinary single hollow
fiber membrane contactor were modeled using partial differential equations based on a
single-component absorption scheme. A numerical model based on mass balance was
developed to predict the performance of the dual contactor modules and also
concentration change in both gas and liquid phase in the modules.

Simulation results show that the nonporous membranes in the dual hollow fiber
membrane contactor can partially regenerate the solvent during the absorption and

result in a better gas removal efficiency than the ordinary module. ln addition, the
baffles were proved to increase the mass transfer by minimizing hell-side bypass and
increasing liquid velocity. The prediction of the developed numerical model were
found to be in good agreement with the previous experimental re ults presented by
Dindore et a/.(2005).
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Chapter 1
Introduction

1. 1 Background

Natural gas contains many impurities such as carbon dioxide (C0 2) , hydrogen
sulphide (H2S) and water. These contaminants can cause p1pe corrosiOn, hydrate
formation, solid formation in Liquefied Natural Gas processes, and other tran port
problems. Removal of contaminants from natural gas streams before delivery i
critical. During the past 30 years, absorption by gas-liquid contactor has dominated
natural gas treatment (including C02, H 2S removal, dehydration, etc.). Membrane gas
absorption devices including membrane contactors can be applied to natural ga
processing [ 1]. Compared to traditional absorption technologies using random or
structured packed column to capture contaminants in natural gas, Hollow fiber
membrane contactors (HFMC) provide larger available gas-liquid contactor area, a
larger overall mass transfer coefficient , and higher removal efficiencie [2]. HFMC
are especially useful for offshore platform applications and the small scale gas
treatment from remote locations where the small footprint of HFM

is advantageous.

This thesis will focus on the fundamentals of HFMC and its application in natural gas
treatment.

Membrane technologies first broke into the natural gas proces ing industry in the

1980s, offering systems for C02 removal in competition with the amine absorption. A
significant amount of published research work on membrane contactor i related to
C02 removal. The performance of the membrane contactor wa investigated and it
was concluded that membrane contactors offer advantage over columns and other
conventional mass transfer equipment.

These advantages include the followings [3):

Significant interfacial area under both high and low flow rates.
Mass transfer can occur through a membrane without direct contact, which
could effectively reduce flooding, foaming and loading.
Fluids of identical density can be contacted and membranes can be operated in
any orientation. No density difference is required between fluids.
Interfacial area is known and is constant, which allows performance to be
predicted more easily when compared with conventional disper ed phase
contactors.
Modular design allows membrane contactors to operate over a wide range of
capacities and is easy to install.

1.2 Scope of study

This research aims to demonstrate the performance of HFMC in physical absorption
for natural gas processing and techniques to improve the absorption efficiency. C02 is
one of the most common contaminants in natural gas, so this the is will focus on the
study of novel membrane contactors in C02 removal. This research proposes two dual
2

hollow fiber configurations for the removal of gaseous contaminants usmg rna
balance principle

govemmg the absorption and stripping proces es. These two

configuration combine absorption and regeneration of solvent into one unit. A certain
type of porou

membrane is selected according to its permeation ability of the

contaminants. The absorbed gaseous contaminant can be stripped into nonporous
fibers when a low pressure or vacuum provided inside the nonporous fiber as a
driving force. Module I outlined in Figure 1.1 (a) introduces nonporous membranes in
the contactor with a low pressure on the permeate side of the membrane. The
differential pressure between the inside and outside of the membrane can strip
contaminants from the solvent thereby partly regenerate the solvent stream
simultaneously with the absorption process. Better absorption efficiencies can be
obtained by continuous removal of the gas contaminant components from the solvent.
Module II outlined in Figure 1.2 proposes a baffled cross flow HFMC. Wang and
Cussler [4] studied the effect of baffles in membrane modules made with hollow fiber
fabrics and found that baffles can supply flow perpendicular to fibers. The baffles can
also improve mass transfer efficiency by minimizing shell-side bypass and providing a
velocity component normal to the membrane surface.
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Figure 1.1 Proposed dual membrane contactor: Module 1
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Figure 1.2 Proposed dual membrane contactor with baffles: Module II

1.3 Objectives of study

This research aims to model the performance of two dual hollow fiber configuration
for the removal of gaseous contaminants using mass balance principles governing the
absorption and stripping processes and compared to single membrane HFMC. Two
cross-flow hollow fiber configurations are proposed and the ga contaminant removal
efficiencies compared to ordinary single hollow fiber contactors were investigated.

4

To model the perf01mance of these two cross flow dual HFMC modules, a numerical
model ba ed on mass balances are developed to describe the mass transfer in the
membrane, liquid phase, as well as gas phase.
Due to the fact that this research only aims at proving the concepts, the model was not
verified experimentally at this point. However, to verify the

proposed numerical

model, the framework of the model was compared to experimental data from a single
HFMC (Dindore et al., 2005).
Operating parameters were changed independently to analyze the effects of various
parameters on the separation performance, leading to a methodology to determine
optimal operational parameters.

1.4 Thesis outline

This thesis is divided into five chapters. Chapter 1 presents a preliminary introduction
to the thesi , and gives the concept of HFMC and what is new about this research. In
Chapter 2, the fundamentals concerning membrane technology, transport mechanism
through membranes and the membrane contactor are presented to give reader a basic
understanding of membrane contactor. In Chapter 3, partial differential equations and
corresponding initial and boundary conditions are developed to simulate the proposed
dual-membrane contactors (including Module I and Module II) and the ordinary single
membrane contactor based on single-component absorption. In Chapter 4, the models

5

are numerically olved using the Crank-Nichol on method. Compari on between the
novel dual-membrane contactors and the single-membrane contactor are carried out.
Then Module ll is recommended based on industrial consideration. In addition, the
fluid dynamics is studied and show how baffles impact on the rna s tran fer. ln
Chapter 5, according to the modeling results, analysis is implemented to check the
effect on the performance of various operating parameters. ln Chapter 6, summary and
conclusions of this thesis as well as some suggestions for future work are presented.

6

Chapter 2
Introduction to Hollow Fibre Membrane Contactors
Thi chapter presents a brief introduction to the membrane technology, including
membrane separation and membrane absorption and mechanisms of gas molecule
diffusing through porous and nonporous membranes. Membranes with different
modules and performances are also discus ed. Then fundamentals of hollow fiber
membrane contactors are explained and the processing of natural gas for C02 removal
with membranes is described. Previous work on carbon dioxide removal using
membrane gas absorption is also reviewed.

2.1 Introduction to Membrane Gas Absorption Technology
2.1.1 Porous and Nonporous Membranes
Membrane gas absorption is a gas- liquid indirect contacting operation. The essential
element in the membrane gas absorption process is the membrane contactors. These
devices allow mass transfer between gas and liquid phases instead of dispersion of one
phase into the other. Different from membrane gas separation, the membrane contactor
does not function as a species selective barrier, but rather a material supplying the
interfacial area for gas-liquid mass transfer.
Membranes used for gas absorption can be made from various polymers as well as
ceramics and carbon fiber materials [5]. Membranes can be categorized into two main
groups depending on the pore size: porous and nonporous membranes. According to

7

the definition of porous adopted by International Union of Pure and Applied
Chemistry (IUPAC), the porous membrane refers to membranes with the pores size
over 2nm. Membranes without fixed pore or with the pores ize le

than 2nm are

cla sifted as nonporous membrane [5]. The porous membrane acts as a boundary
between gas and liquid while the pore size and pore distribution determines the
separation performance more than the membrane material itself. On the other hand,
the nonporous membrane allows selective and controlled transfer of one species from
one phase to another. The material itself determines the separation performance.

Both porous and nonporous membranes have their own advantages and wide
applications in gas separation. H. B. Al-saffar et al. [6] compared the performance of
porous and nonporous gas-liquid membrane contactors for C02 removal and obtained
good efficiencies for both membranes. They found that the selectivity of the porous
membrane module is determined by the absorbing capacity of the absorbing liquid and
also the partitioning characteristics between the two phases. In contrast, the
non-porous membrane allows selective and controlled transfer of pecies from one
bulk phase to another; however, the significant mass transfer resistance could reduce
the mass transfer rate.

2.2 Transport in Membranes
Transport through a membrane take place when a driving force

8

IS

applied. The

driving force can be pressure difference, concentration difference, temperature
difference or electrical potential difference. For the natural gas processing application,
it mainly involves a pressure or concentration difference as the driving force. When
different types of membrane are used for gas separation, variou tran port mechanisms
can be distinguished depending on the structure and material of the membrane.

2.2.1 Transport in Porous Membranes
When ga molecules diffuse through porous membranes, the process involves two
main transport mechanisms depending on the membrane pore size. When the pore is
large enough

(r>lO~J.m),

gas molecules collide with each other which results in

Poisseuille flow (viscous flow). In Poisseuille flow, the mean free path of gas
molecules is very small compared to the pore diameter and no separation is obtained
between various gas components (see Fig.2 . 1).

Knudsen diffusion happens when the

pores are smaller or when the pressure of the gas is reduced, especially when the mean
free path of gas molecules is of the order of the pore size of the membrane. In
Knudsen diffu ion, the gas molecules collide more frequently with flow boundaries
than with other gas molecules. Figure 2.1 shows the schematic drawings of the
Poisseuille and Knudsen flows [5].
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Figure 2.1 Schematic drawings of Poisseuille and Knudsen flows [5]
The mean free path of gas molecules is defined as the average di tance traversed by
gas molecule collisions; it is proportional to the temperature and inversely
proportional to the pressure. Since the mean free path increases as the pressure
increases, at low pressure, transport of gases through porous membrane is determined
mainly by the Knudsen flow in which the flux can be expressed by the equation:

(2.1)

where, J is the flux of the gas component; R is gas constant; Tis the temperature; r is
the pore radius; r is the pore tortuosity; b is the thickness of the membrane; n is the
number of pores; L1P is the pressure difference across membrane, Dk i the Knudsen
diffusion coefficient, given by:

(2.2)

where, r is the pore radius, and T and Mw are the temperature and molecular weight,
respectively. This equation shows that the flux is inversely proportional to the square
root of the molecular weight and for a given membrane and pressure difference,
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molecular weight of the gas is the only parameter which determines the flux.

2.2.2 Transport in Non-Porous Membranes

For gas absorption, the gas molecules being transported across the membrane dissolve
in the nonporous membrane matrix and then diffuse through the nonporous
membranes. The concentrations in the membrane are related to the concentrations or
partial pressures in the fluid adjacent to the membrane faces. Under steady-state
conditions, gas permeation through a nonporous membrane is generally described by
the following equation [5]:
J.=
I

P (P . - P, ·)
e'i

o ,t

~:.,1

(2.3)

{)

where, Per; is the permeability coefficient of component i in the membrane; Po,i and
Pu stand for the partial pressure of component i on the upstream and downstream

sides of the membrane respectively; b is the thickness of the membrane. This equation
shows that the flux across a nonporous membrane is proportional to the partial
pressure difference and inversely proportional to the membrane thickness. High
permeability contributes to a high flux; therefore, membranes with high permeability
are preferred in natural gas processing.

This research focuses on the natural gas processing where C02/Cl4 is studied as the
gas mixture. The permeation abilities of C02 and the ideal selectivity of C02 /CH4 for
some commonly used membranes are compared in Table 2.2. [5]

II

Table 2.1 The permeability of carbon dioxide and methane in various polymers [5]
Polymer

Perco, (Barrer)

Perco, I Perc11•

Polytrimethylsilylpropyne

33100

2.0

Silicone rubber

3200

3.4

Natural rubber

130

4.6

Poly tyrene

11

8.5

Polyamide (Nylon)

0.16

11.2

Poly (vinyl chloride)

0.16

15.1

Polycarbonate (Lexan)

10.0

26.7

Polysulfone

4.4

30.0

Polyethyleneterephthalate
(Mylar)
Cellulose acetate

0.14

31.6

6.0

31.0

Poly (ether imide) (Ultem)

1.5

45 .0

2.2.3 Membrane Modules
Depending on the types of membranes in contactors, the membrane module can be
classified into plate and frame, spiral wound and hollow fiber modules. In the plate in
frame module (see Figure 2.2), the membranes are arranged in layer with feed side
facing each other. The density is about 100 to 400 m 2/m 3. During process, feed flow
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from its side and permeate comes out from the top and the bottom of the frame.

Pe11nea1e

Membrane • '
Perme.11e ~

Figure 2.2 Schematic drawing of a plate-and-frame module [5]

Spiral wound module (see Figure 2.3) is formed from a plate and frame beet wrapped
around center collection pipe, the density is about 300 to 1,000 m 2/m3. Feed flows
axially on the cylindrical module and penneate through the membrane sheet into the
central pipe. The Spiral wound module has a wide application in gas proces ing due to
its high pressure durability.

reed
(solution)

Imp rm abl sh et
membrane
/

lmpermeabl she

t r

Figure 2.3 Schematic drawing of a spiral-wound module [7]

Hollow fiber membrane contactor have become an attractive technology for gas
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separation where space is limited. They allow large areas of membrane to be packaged
2

into compact membrane modules with the density about 600-1 ,200 m /m 3 . The
interfacial area for liquid and gas contacting of the hollow fiber module is much
higher than spiral wound and plate-form modules. This advantage proved decisive in
the choice of membranes for the separation of nitrogen from air, which was an early
large-scale membrane gas separation process [2].

Figure 2.4 Schematic drawing of a HFMC module :Liqui-Cel® contactor [2]

2.2 Hollow Fiber Membrane Contactors (HFMC)

Although a number of membrane module geometries are possible for natural gas
separation, hollow fiber modules have received the most attention.

HFMC offers

large membrane surface per module volume. It is smaller than other type of
membranes in volume but has a higher performance [2]. Figure 2.5 compares the
surface area to volume ratios of various membrane modules and shows that membrane
with hollow fiber fabrics has the highest interfacial area.
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Figure 2.5 Surface areas to volume ratios of various membrane module configurations [1].

2.2.1 Flow Direction in Hollow Fiber Membrane Contactors

Based on the flow directions of the gas and liquid phase, the HFMC can be used in
two different modes of operation: parallel flow mode and cross flow mode. The
parallel flow refers to the flow of both phases in parallel to the arrangement direction
of the fibers with both fluids flowing either in same direction (co-current) or in
opposite directions (countercurrent). In cross-flow mode, the shell-side fluid flows
perpendicularly to the axis of fiber. Thu the two fluids flow across each side of
membrane at right angles. The operation principle of these modes of operation i
shown in Figure 2.6 (a) and (b).

IS

t

Shell side
fluid out

__.
Fiber side
fluid out
Shell sidet
fluid in

(a)

t

Shell side
fluid out

j
Fiber side
fluid out

Fiber side

j
(b)

Shell side
fluid in

j

Figure 2.6 (a) Parallel-flow hollow fibre module; (b) cross-flow hollow fibre module [3]

Wang and Cussler explained that the conventional parallel flow mode offers larger
transfer area and is preferred when the membrane or the tube side boundary layer
resistance controls [4]. However, the cross-flow mode is preferred when shell side
mass transfer resistance is significant [ 19]. The normal flow to the fibers leads to
higher mass-transfer coefficients, minimized shell-side channeling and lower
shell-side pressure drop compared to parallel flow. Baffled modules are also studied
and are found to have a higher efficiency as the number of baffles increases, but
pressure drop increases as well. Wang and Cussler [4] looked at the effect of the
number of baffles on mass transfer performance in stripping oxygen from water and
explained that the highest oxygen removal was achieved using countercurrent flow
with five baffles, cross flow with no baffles was superior to concurrent flow with two.
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2.2.2 Wetted and Non-wetted Mode

Porous membranes can be hydrophobic or hydrophilic. Two modes of operation are
possible in membrane contactors: wetted mode and non-wetted mode. If the liquid
phase i aqueou and a hydrophilic membrane is used, wetted mode occur when the
pores are filled with liquid. When a hydrophobic membrane i u ed with an aqueou
solvent, the membrane is under the non-wetted mode, i.e. the pores are filled with
gases and the liquid does not wet the membrane. Non-wetted mode is usually
preferred to take advantage of the higher diffusivity in the gas; however, wetted mode
may be preferred if there is a fast or in tantaneous liquid phase reaction and as a result
the gas phase resistance controls [6, 8]. Figure 2.7 gives a schematic de cription of the
two modes.
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Figure 2. 7 Wetted and Non-wetted mode of membrane-based gas-liquid contacting [8]

Karoor and Sirkar studied the absorption of pure C02, pure S02 , and C02 from
C02/CH4 mixtures, and S02 from S02/air mixtures into water u ing parallel flow with
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;

module employing m1croporous polypropylene fibers under both wetted and
non-wetted mode. As expected, the authors found that better absorption were obtained
under non-wetted mode for both C02 and S02 [8]

2.2.3 Overall Mass Transfer

In general, the gas absorption process can be categorized as either a physical or a
chemical absorption or a combination of the two. In the case of physical absorption,
the gaseous solute is physically dissolved in the liquid phase, whereas in the case of
chemical absorption the gaseous solute reacts chemically in the liquid phase. This
thesis will focus on the physical absorption.
In physical absorption, the transfer of gas molecules from gas phase to the liquid
consists of three steps shown in Figure 2.8:
1. Transfer from bulk of the gas phase to membrane,

2. Transfer of a solute through the membrane pores to the liquid interface, and
3. Transfer from membrane into bulk of the liquid phase.
The flux can be expressed in the following expression:
l; = K; L1C;

where, J;

(2.4)

is the flux of component i; L1C;

is the bulk concentration difference of

component i; K;, overall mass transfer coefficient, can be related to the individual mass
transfer resistance due to gas, membrane, and liquid phases [9].
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1
H; H;
I
-=-+-+K;

k 8 ,;

k ,,;

(2.5)

k 1.;

where, k 8 ,; , k, ,;, k 1,; represent the mass transfer coefficients in gas, membrane and
liquid pha e , respectively;

H , denotes

the dimensionle

Henry'

constant

( C8 ,; H; = C1 ; ). The individual mas transfer coefficients k 8 ,; and k,,, are mainly
determined by the geometry and the flow conditions in membrane contactor and
various correlations have been derived in previous literatures [ 10, 11). The mass
transfer resistance of membrane is mainly determined by diffusion of the solute
through the membrane pores, since the membrane and the gas pha e re i tances can be
neglected in non-wetted gas absorption, mass transfer is mainly controlled by liquid
phase under this mode.
Gas
Bulk gas boundary layer Porous membrane

Liquid
boundary layer

Bulk liquid

~

~
c

/ ~~

g.illlOI!'bronl

CIJ

Figure 2.8 Mass transfer regions in a membrane contactor [9]

2.3 Natural Gas Processing with Membranes
Natural gas attracted significant attention in recent years. As other fo sil fuel , natural
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ga need to be treated before delivery and transportation. One of the mo t common
contaminant is C02 , which can be combined with water to fOLm corrosive carbonic
acid. Currently, amine system is the dominant technology for C02 removal; however
it requires large pace commitment and energy to run the boiler and chemical residue
are very difficult to deal with. Membrane technology compete mo t directly against
absorption for carbon dioxide removal due to its compactness and simple
environmental operations [12] . It requires less than half the foot print area and
operating weight and less than fifth of the volume of the conventional ab orption
system [13].

Membranes were first applied into the natural gas processing industry in the 1980s,
offering systems for C02 removal in competition with amine absorption[!]. Cussler
and his coworkers [14] initially studied the absorption of a variety of gases in alkaline
medium using membrane hollow fiber modules for industrial application . They found
that the membrane mass transfer resistance can be neglected and the liquid-side mass
transfer resistance controlled the C02 absorption in aqueous liquid side. Dindore et a/.
studied the performance of micro-porous cross flow in HFMC and developed a
physical absorption model by describing the gas flow with the mixing-cell model; they
found various mass transfer effects including the physical solvent on the performance
of membrane and application of HFMC in natural gas separation [ 15, 16].
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In conventional gas treatment proce se , the absorption and regeneration systems are
separate due to different operating conditions. However, on offshore applications,
merging the contactor and stripper into one unit operation would be preferred as this
would decrease the equipment footprint. In response to this, Wang et a/. propo ed a
flat sheet configuration where porou and nonporous membranes were incorporated
into a single unit within which the circulating solvent i partially regenerated during
the ab orption, thi configuration can potentially reduce the overall size and increase
the efficiency of gas processing facilities, which would make them more suitable for
offshore applications [17] .
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Chapter 3
Mathematical Model Development
The main aim of this research was to tudy the cross flow dual membrane contactors
using numerical model. In this chapter, a novel mathematical modeling approach to
predict performance of two proposed cross flow hollow fiber dual membrane
contactors (Module I and II) and also the ordinary single hollow fiber contactor.
Material balance has been applied to analysis the mass transfer between liquid phase
and gas phase through membranes. In general, the total amount of contaminants in
natural gas should be equal to those transferring from gas phase into the liquid phase
plus those permeate through nonporous membrane into the nonporous hollow fibers .
The mass transfer in each phase can be described through diffusion and permeation
equations, respectively.
A mixture of CH4 and C02 is used in the modeling with pure water as the absorbent
liquid. Because CH4 , due to its very small water solubility compared to C02 , does not
significantly take part in the absorption, the modeling can be reduced to a
single-component absorption process. The experiments are conducted with water in
the shell side and mixture gas flowing through the fibers since passing the phase with
the controlling transfer resistance on the shell side gives a better transfer performance
[ 16].
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3.1 Assumptions for Model Development

The models are constructed based on the following simplifying assumptions: [5-7]
1. The membrane contactor is operated under steady state and isothermal
conditions.
2. The physical properties including diffusion coefficient, Henry's constant,
density, viscosity etc. are constant along the membrane.
3. Henry' law is applicable at the interface of gas and liquid, and equilibrium is
instantaneously obtained.
4. No chemical reaction is involved, only physical mass transfer is modeled.
5. The liquid flow between two baffles is fully developed laminar flow.
6. The x-direction diffusion and y-direction convection are negligible.
7. The membranes are under the non-wetted mode (gas-filled pores).
8. The pressure in gas phase is constant along the membrane.
In this thesis, pure CH4 is used as sweeping gas. In Module I and II, the solvent will
inevitably evaporate through desorption membrane due to the low pressure employed
on permeate side, so a nonporous membrane with a low permeability to the solvent
should be chosen to make the vaporization negligible compared to the flux of C02 .
C02 is denoted by the contaminant in the following formula.

3.2 Mass Transfer Fundamentals

To mode l the performance of the cross flow dual hollow fiber membrane contactors in

23

Module 1 and II, a numerical model of cross-flow module ba ed on rna

balance

involving a set of partial differential equations are developed to describe the mass
transfer in the membrane, liquid phase as well as gas phase.
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Figure 3.1 Cross section and modeling parameters in cross flow membrane contactor

3.2.1 Overall Mass transfer in the liquid phase
Applying material balance on a differential segment of the modu le in Figure 3.1 ,
based on above assumptions, the change of mass in liquid phase is due to lo

of mass

in gas in porous hollow fiber and gain of mass in the nonporous hollow fiber, the
overall mass balance therefore can be expressed as follows:
(3.1)
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Taking a differentia l segment of the modul e, according to material balance, the
number of moles of contaminant absorbed by the sol vent is equal to that of diffusing
through the boundary. The mass balance in liquid phase hence can be derived a :
(3.2)

where, dAP denotes transfer area between gas and liquid in porous membrane given in
the following Equation 3.3, C our refers to the concentration in sweep gas or the
vacuum.
(3.3)

where, (1 -

O.p)

denotes the packing fract ion of the module.

Combing Equations (3.2) and (3.3), the following partial differential equation can be
obtained:

acL

(3.4)

--a_;-=Mp(HCc - CL) - M,p(CL -C0 111 )

w here, M

-

p -

_ 4(1 -a,p )LwL )( K L
4(1- ap)LwLx KL . M
d
Q '
nP d
Q
P

L

,p

L

3.2.2 Gas phase mass balance within porous membranes
The transfer of contaminant molecules from gas phase to the liquid consists of three
steps: tran fer from bulk of the gas phase to the membrane; diffusion through the
gas-fi lled pores and transfer from membranes into bulk of the liquid phase. The mas
balance in the gas phase can be expressed as:
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(3.6)
where, k is the overall mass transfer coefficient equal to kL in this model since the
membrane and the gas phase resistance can be neglected in non-wetted gas absorption,
mass transfer is controlled by liquid pha e under this mode. kL can be obtained from
Sherwood number (kd/D) and empirical equations [18]:
Sh = 0. 18 Re 0 ·86 Sc 0 .3 3

(3 .7)

where, the Reynolds number is calculated from the outer fiber diameter, the
kinematics viscosity and a superficial velocity; Schmidt number (v/D) dependence is
verified by other experiments [19]. Combining Equation 3.3, we have:
(3.8)

3.2.3 Gas phase mass balance within nonporous membranes
The gaseous contaminant absorbed in the liquid phase permeates through the
nonporous membrane by diffusion mechanism. The flux is proportional to partial
pressure difference and inversely proportional to the membrane thickness. The mas
transfer through nonporous membrane can be described as follows according to the
basic diffusion mass transfer:

(3.10)
where, dA,p denotes transfer area between gas and liquid in porous membrane given in
the following equation,

C snp

i

the contaminant concentration at the surface of
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nonporous membrane.
Diffusion through nonporous membrane of thickness l 11p can also be described as:
(3. 11)

where,

k per

denote nonporous permeability for gas contaminants and the membrane,

P our refer to the pressure in the nonporous membrane. Thickness lnp i a sumed to be

small and therefore the outer and inner urface areas are equal.
Combining Equations 3.10 and 3.11 , the expression for

C snp

can be obtained as

follows:

(3.12)

where H denotes the Henry constant and T is the temperature under which the
experiment are conducted.

Similar to the Module I and II, the same model can also be applied to the baffled
module, but mass transfer for each segment between the baffles in Module II can be
modeled by above partial differential equations (Equations 3.4 and 3.8); the outlet
concentrations of the previous segment in both gas and liquid phases will be parts of
the initial and boundary condition for the next segment. Starting from the gas inlet,
concentrations through all of the

egments can be calculated in the module.

Additionally, in gas phase, the concentration distribution of contaminant in the y
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direction can be negligible compared to liquid phase since the diffu ion coefficient in
gas phase is typically much larger than in liquid phase. That is, gas phase i
completely mixed in y direction and the concentration profile of contaminant in gas
phase is a function of only x .

3.3 Module Development
3.3.1 Module J
Shell side fi ow out

Nonporous fibe rfiow in

Nonpo rous fiber

(Low pressure)

fio~

'n_

~

~ows in
fiber

"~

-,.,

Poro us fiber
fiow out

Shell side fiow in

Figure 3.2 Schematic structure of dual HFMC: Module I

The number of moles of contaminant absorbed by the solvent is equal to that of
diffusing through the boundary; the mass balance in liquid phase hence can be derived
as Equation 3.2.

The partial differential equation Equation 3.4 is a lso derived as shown in Section

3.1.1:
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The contaminant concentration in sweeping ga Gout is approximately equal to the
concentration on the surface of nonporous membrane

C snp,

so equation 3.4 can also be

expressed as:
(3.16)

Combining Equations 3.12 and 3.16, the following equation can be obtained:
(3.17)

k per

where, Yo =
k t - Pout> Yh
L np

kper RT
=--kLtnp H

At gas entrance where x is equal to zero,

CL

is a function of y only, thereby, the

boundary condition to Equation 3.17 can be expressed as:
(3 . 18)

Inlet condition:
(3 .19)

y=O; Cct = Ccltt .l

and
(3 .8)
Hence, the boundary condition to Equation 3.8 can be defined as:
(3 .20)
Inlet condition:
(3.21)
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The following second order partial differential equation

can be obtained by

combining the mass transfer equations in both gas side and liquid side (Equations 3.8
and 3.17):

(3.22)
Boundary conditions are as follows :
x= O, Cc; = Cc;,

Y

= o' cG1. = cHu,.

cc . ·Iy=O_cHu,. )e- M

I

(3 .23)

c H,x

Gm,J

I

Equation 3.23 i the analytical solution to Equation 3.20.
Initial conditions:
(3.24)

y= O,Cu, = 0

Since the solvent m the shell side is pure water in this proposed model, the
contaminant concentration is equation to zero at the shell side inlet.
Then CL is numerically calculated from Equation 3.8, which can change into the form
below:
C L (x,y ) = H 1·C c ( x,y ) -

1 8Cc (x,y)
Me
ax

(3.25)
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3.3.2 Module ll
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Figure 3.3 Schematic structure of dual HFMC: Module II
Similar to Module 1, the overall mass transfer in Module II can also be described by
combining mass transfer equations in gas and liquid phases:

Boundary conditions:
(3.26)
_ 0• CGi _ Cun
Y-- (CGin ,j
H;

I

C Lin)
H;

y=O _ _ _ e

- M aH,x

(3.27)

Different from Configuration}, Equation 3.26 will be a function of y in the baffled
module; it is a constant only at the entrance of the first module. Each section between
the baffles in Module II is assumed as an individual module, and the Cu, therefore is
assumed to be the average CL in Equation 3.27 which is calculated at each module.
Initial conditions:
y

(3.24)

=O, Cu, = Cu, ,j

Cun equals to 0 only at the entrance of the first baffle.

31

Then the concentration change in liquid pha e can also be numerically calculated from
the following equation, which can be calculated as the initial condition for the next
module:
C L (x,y ) = H ,-CG(x,y ) - -1_8Cc(x,y)
MG
8x

3.3.3 Ordinary Hollow Fiber Contactor
Shell side flow out

1l

1l

1l

u

~
Porou s fiber
flow out

C02/N2 flows in
Pore us fiber

y
X

0

1l

1l

1l

Shell side flow in

Figure 3.4 Schematic structure of Ordinary single membrane HFMC
The same analysis is applied to the ordinary hollow fiber contactor which only
contains porous membrane in the module, the describing partial differential equation
then changes to:
(3 .28)

Boundary conditions:
x= O, CG; = CG;,
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y

=0' CGl. = Cu,
H-

(C .

I

·I - Cu,
H-

Gill ,] y=O

(3 .23)

)e - M cH,x

I

Initial conditions:
(3.24)

y= O,Cu, = 0

3.4 Computational Fluid Dynamics (CFD)

In the mass transfer between gas and liquid phases, the liquid velocity plays an
important part in influencing the mass transfer coefficient since the controlling
transfer resistance mainly relies on the liquid side. According to literature, fully
developed laminar flow in liquid phase is a reasonable assumption for the study of
membrane contactors [20-22], however, the proposed modules in this study have
relatively small dimensions in all x, y and z directions, and the liquid velocity is
assumed to be constant as the fluids pass through the modules. To investigate the
influence of velocity change in shell side to the mass transfer phenomena, especially
in the baffled module, hydrodynamics for the liquid adjacent to the membrane in
Module II have been studied using a CFD simulation package. The CFD simulation
provides visualization of fluid flow patterns for the baffled module. In this work,
FLUENT v.6 was used to predict the velocity profile of the fluid in the shell side in
Module II. The velocity data from FLUENT v.6 were fit to representative equations
and used in the MAPLE code to qualitatively observe the influence of fluid flow on
mass transfer coefficients. The velocity of gas phase in the fibers is assumed to be
constant due to its low viscosity and small fiber diameters.
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-------- - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - ---

The presence of fibers in Module ll makes it impossible to simulate the velocity field
in 2-D mode. To simplify the further calculation, the fibers were not taken into
consideration during grid generation in this work. The velocity changes of liquid in
shell side were simulated in empty shell by FLUEN v.6. This assumption may result in
deviation between model and real data, but the impact of baffles on velocity can still
be clearly demonstrated.
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Chapter 4
Solutions to Model Equations

This chapter compares the performance of the proposed dual hollow fiber membrane
modules and demonstrates the improvement in performance compared to the ordinary
HFMC. The partial differential equations are solved numerically with the
Crank-Nicholson method using MAPLE. The predicted absorption efficiency from the
model was compared to experimental data [ 16] to verify the numerical model. The
C0 2 removal efficiency from C02 - CH4 mixture gases of the novel dual-membrane
Module I and Module II are compared to the ordinary single-membrane contactor
under the same operating conditions. In addition to nonporous membrane, baffles are
also introduced into Module II to determine if the mass transfer can be increased by
minimizing shell-side bypass and increasing liquid velocity. To further investigate
how the baffles impact the mass transfer, the C02 removal efficiency of the baffled
module under constant solvent flow rate was compared to that under varying solvent
flow rate at the last part of this chapter.

4.1 Numerical Solution
It is known that not all partial differential equations can be solved analytically and that

numerical solution can be a very good approximation if implemented correctly. The
complexity of the partial differential equation and boundary conditions makes the
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numerical method a preferred solution technique for thi

problem compared to

analytical methods. MAPLE® provides 11 standard numerical methods to PDEs. The
specified method can be customized according to numerical boundary conditions and
startup scheme . It is known that both explicit and implicit methods can be used in the
solving of the partial differential equation though implicit method provide more
accuracy. The Crank-Nicholson method is used in Maple in this work due to it
unconditional stability for many problems. The Crank-Nicholson method reqUires
PDEs that are odd order in space and numerical boundary conditions need to be
specified so that each boundary has the arne total number of conditions. For second
order PDE, no numerical boundary conditions were required, but the same number of
conditions on each boundary must be specified [26]. From the numerical solution, the
concentration distribution of the C02 in each phase can be obtained.
For the Model I, Equation 3.22 together with boundary conditions and initial
conditions (as described in chapter 3) can be solved by Crank-Nicholson method in
Maple:

x

=O, Cc; = Cc;n

y =O,Cun = 0
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Similarly, the following equation group , which describe the performance of Module
II can be solved in the same way:

x= O, Cc; =Cc;,(Y)

Y

=0 C .=

'

G1

Cu,
H.

(C .

·I - Cu,
)e- M,.If,x
H.

Gm ,; y =O

I

I

The following equation groups are solved to describe the mas tran fer in ordinary
membrane contactor, which only contains porous membrane in the module.

x= O, Cc; = Cc;,

Y

= 0' CG1. = CHLi11. (CGm,;
. ·I _C Li11 )e- MGH,x
y=O
H.
I

I

y= O,Cu, = 0

4.2 Model Validation

To verify the numerical solution, the numerical model was applied to the module
developed by Dindore et.al (2005) (Shown in Figure 4.1) in which absorption solvent
goes through the fibers and the mixture gas goes through the shell side (i.e. only one
type of membrane is used). The predicted absorption efficiencies from model were
compared to experimental data [ 16].
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Liquid flow

Gas flow

Figure 4.1 Cross flow membrane Module developed by Dindore et al. [ 16]

The PDEs are numerically solved in MAPLE combing the boundary conditions and
initial conditions, the values of parameters used in the calculations are listed in Table
4.1 , which are consistent with those in experiments.
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Table 4.1 Parameters used in model verifications [ 16]
Parameter

Value

Channel height (m)

0.1

Dimension of module (m2 )

O.l x O.l

Solvent (HzO) flow rate (10-4m3/s)

1.74

COz inlet concentration (mol/m3)

14.62

Henry's constant (C0 2 in HzO)

0.78

Diffusivity of C02 in H2 0 (1 o-9 m 2/s)

1.8

Temperature (K)

293.0

Pressure of mixture gas (105PaA)

1

Number of Porous Fiber

4900

Voidage

0.615

Fiber Type

Polypropylene

4.2.1 Mass Transfer Coefficient on Fiber Side

In C02 removal from C02-N2 mixture using water, earlier measurements [23] showed
little mass transfer resistance across the membrane or in the gas phase, so the
individual mass transfer coefficient in the water is used in place of the overall mass
transfer coefficient. Several correlations have been developed to predict the mass
transfer coefficient in a cross flow hollow fiber membrane contactor with solvent
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flowing through the fiber for both fiber and shell side flow [24]. Two a ymptotic
correlations ba ed on the heat transfer analogy of the Graetz-Leveque equations are
widely u ed to predict the mass transfer coefficient on the fiber side [ 17-18].

Sh

= V1.67Gz

Sh

= V,_ 3.67 3 + 1.63 3

Sh

= 3.67

Gz>20
)

Gz

(4.1)

10<Gz<20

(4.2)

Gz< lO

(4.3)

Equation 4.1 is the well-known Leveque solution, which is widely used for predicting
fiber side mass transfer coefficient of gas and liquid hollow fiber fabric contactors,
where the Sherwood number is a function of the mass tran fer coefficient, the fiber
outside diameter and a diffusion coefficient of C02 in water whereas the Graetz
number can be calculated from mass diffusivity (D), fiber diameter (L), Reynolds
number (Re) and Schmidt number (Sc) [27].
D
G, =- ReSc
-

L

The Schmidt number is defined as the ratio of viscosity (v) and mas diffusivity (D)

[29].
The Leveque solutions of mass transfer coefficient are compared to experiments
measurements [ 16] in Figure 4.2 for Polypropylene membrane with water as the
absorption solvent. It is clear from the figure that the Leveque e lution agrees well
with the experimental data and used to predict the fiber side transfer coefficient in
case of water.

Moreover, it also shows the effect of liquid flow rate on rna s transfer

coefficient and verifies the controlling resistance to mass transfer proce
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is indeed in

the liquid phase.

- - Leveque Solution
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Experiment by Dindore et al.[16]
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Figure 4.2 Mass transfer coefficients in Polypropylene hollow fiber membrane
contactor

4.2.2 Comparison of Model Predictions and Experiment Measurements

In this work, C02 is selected as the sample contaminant in the feed gas of C02-CH4
mixture and pure water as the absorbing liquid. Numerical model predictions for
absorption of 14.62 mol/m3 C02 at constant inlet gas flow rate of 2 .21x10-4m3/s was
compared to experiments [16]. To simplify the model, the liquid flow rate in the
module was assumed to be constant during the absorption process and the impact of
flow rate on absorption efficiency is discussed in the following chapter.
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The C02 concentration change in both water and mixture gas phase are shown in
Figure 4.3 and 4.4. As the liquid flow rates increases, the C0 2 concentration in gas
outlet decreases as well was that in liquid outlet, which confinns that the mass transfer
resistance is in the liquid side. The model predictions of both gas and liquid outlet
concentration are in good agreement with experiments [16).

14.20
• Exper i rrent s[ 16] 'vS. Mx:lel

•
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Mx:lel s

13.40
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14.20

Figure 4.3 C02 concentration profile at gas outlet under different liquid flow rate for
constant inlet gas flow rate of 2.21 x 10-4m3/sand inlet gas concentration of 14.62
mol/m3
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Figure 4.4 C02 concentration profile at liquid outlet under different liquid flow rate
for constant inlet gas flow rate of2.21 x l0-4m3/s and inlet gas concentration of 14.62
mollm
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4.3 Dual Membrane Module I

ln Module 1, nonporous membrane fibers are introduced into the single HFMC with
low pressure or vacuum inside the fibers. For HFMC with the liquid flows on the tube
side, the pressure drop inside the tube may lead to membrane wetting quickly in the
initial fiber length due to a higher trans-membrane pre sure in this section than the
breakthrough pressure [25]. Considering that the diffusion of a gaseous species in the
liquid phase is much slower than in the gas phase, the membrane resistance can
increase significantly if it operates in the wetted mode as such, in our module, the
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liquid flows in the shell side of HFMC. Parameters used in calculation are shown in
Table 4.2:
Table 4.2 Parameters in the numerical model
Parameter

Value

Module Height (m)

0.2

Dimension of module (m)

0.1 xo.l

4

H20 flow rate (10 m 3/s)

1.74

Mixture gas flow rate (10-4m 3/s)

2.66

C02 inlet concentration (mollm3)

39.33

Diffusivity of C02 in H20

(10-9 m 2/s)

1.8

Pressure of mixture gas (10 6 PaA)

5.0

Pressure in nonporous fibers (1 0 5 PaA)

1.0

Number of non porous fibers

4,900

Number of porous fibers

4,900

4.3.1 Mass Transfer correlation on shell side
For a liquid flowing across a bundle of hollow fibers, the outside fiber diameter can be
used as the characteristic length [4]. Taking into account the outside fiber diameter,
d our,

and the physical properties of the liquid phase, the dimensionless numbers for the

shell side are defined as:
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Sh

= kLdOIII
D

v
v

Sc=D

where, D is the diffu sion coefficient of the gas in the liquid (here C02 in water). The
velocity is hard to define due to the geometry of the modules and as the superficial
velocity is defmed as the liquid volumetric flow rate divided by the cross-sectional
area for flow.

4.3.2 Absorption Performance under Constant Flow Velocity

The performance of Module I with an inlet concentration of 39.33 mol/m3 C02 at
constant inlet gas flow rate of 2.66x10-4m3/s and liquid flow rate of 1.74xl0-4m3/s is
shown in Figure 4.5 .
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Figure 4.5 Fiber-side concentration profile of39.33 mol/m3 inlet C02 in Module 1 for
constant inlet gas flow rate of 2.66x 10-4m3/s and liquid flow rate of 1. 74x 10-4 m 3/s

When constant inlet gas flow rate is 2.66 x 10-4 m 3/s, most of the C02 is removed from
the gas phase. It can be seen from Fig. 4.5 that the drop in the shell-side solute
concentration in the direction of gas flow is very sharp at the water entrance as
compared to the water exit. This is because the driving force is the largest in the
module where mixture gas first meets the clean unloaded liquid. However, at the
water exit, the water is partially loaded with the C02 and hence the decrease in the
shell-side C02 concentration near the water exit is smaller. The combination of these
effects results into reversal of the concentration driving force gradient along the length
of fiber near the gas exit. The shell-side concentration profile is also useful in
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identifying le

efficient zone for mas transfer. The region near the water entrance

and the gas exit has very low gas concentration and therefore is less efficient in the
mass tran fer proce s. In such cases, the in tallation of baffles perpendicular to ga
flow to enhance the mass transfer in these zones will improve the overall driving force .
The C02 concentration profile along the membrane length in liquid phase and the
nonporous fibers are shown in Figure 4.6.
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Figure 4.6 Fiber side concentration profile of 39.33 mollm C02 in Module I for
constant inlet gas flow rate of 2.66xl 0-4 m 3/s and liquid flow rate of 1.74x10-4 m3/s

It shows in Figure 4.6 that the C02 concentrations m both porous fibers and
nonporous fibers decrease with the membrane length. In cross flow mode, when liquid
first meets gas at gas inlet, the fresh liquid has a best potential to absorb C02 though
the ab orbing ability decreases as the liquid is gradually loaded along the membrane
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length, th ereby, the C02 concentration in nonporous membrane decreases with the
decrease of C02 in the liquid side due to less concentration gradient between the
nonporous membranes. On the shell side where liquid passes through, the C02
concentration increases along the membrane width as shown in Figure 4. 7 which is
mainly due to longer gas and liquid contact time.
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Figure 4.7 Shell side concentration profile of39.33 mol/m3 C02 in Module I for
3
constant inlet gas flow rate of2.66xl 0-4 m 3/s and liquid flow rate of 1. 74x10-4 m /s

Table 4.3 shows the C0 2 concentration variation in shell and liquid sides, the C02
3

3

concentration in the mixture gas decreases from 39.33mol/m to 8.906mollm while
the concentration in the nonporous membrane increases from 0 to 4.03mol/m 3 and the
concentration in the solvent increases from 0 to 1.29mol/m 3. The absorption efficiency
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of C02 in Module lis 77.2%

Table 4.3 C02 inlet and outlet concentration in Module I
C02 Concentration

Mixture gas

C;11

(mol/m 3)

Cout (mol/m

39.33

8.96

Solvent

0

1.29

Nonporous membrane

0

4.03

3
)

4.4 Dual Membrane Module II

In Module II, two baffles are introduced into the dual module, evenly dividing the

module into three segments, as shown in Figure 3.3. The baffles are 0.075m in length
with the first one is upward and the other is downward. The liquid enters the first
segment and flows across the bundle of fibers and then enters into the second segment.
By subdividing the area for flow, both types of baffles increase the velocity of the
shell fluid and lead to improved mass transfer. In addition, the baffles can also provide
physical support for the fibers. The impacts of different baffles in module
performances are discussed in Chapter 5.
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4.4.1 Absorption Performance under Constant Flow velocity
3

3

Absorption of39.33 mol/m C02 for constant inlet gas flow rate of2.66xl0-4 m /s and
liquid flow rate of 1. 73xl o- m Is was carried out to study the perfom1ance of dual
4

3

membrane Module II. The numerical model predictions of C02 are shown in Figure
4_8:
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Figure 4.8 Concentration profile of 39.33mol!m3 C02 in Module II for constant inlet
3
4
gas flow rate of2.66x10- m 3/s and liquid flow rate of 1.74x10-4m /s

Similar to the module I, the C02 concentrations in both porous fibers and nonporous
fibers decrease along the membrane length_ The liquid changes direction at upside of
each baffle and meets mix gas with relatively lower concentration, which results in
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less C02 diffuse through the porous membrane.
The C02 concentration in the mixture gas decreases from 39.33 mol/m 3 to 6.99
mol/m 3 whereas the C0 2 concentration in the solvent increases from 0 to 3.46 mol/m 3
and the C02 concentration in the nonporous membrane increase from 0 mol/m3 to 6.22
mol/m3 , as shown in Table 4.4. The C02 absorption efficiency in Module II is 82.2%

Table 4.4 C02 inlet and outlet concentration in Module II
C02 Concentration

Cin(mol/m

3

)

Cout(mol/m

39.33

6.99

Solvent

0

3.46

Nonporous Membrane

0

6.2

Mixture gas

3

)

4.5 Ordinary Membrane Contactor

Same modeling was carried out in ordinary single membrane HFMC to compare the
absorption performance to dual modules. Absorption of 39.33mol/m3 C02 for constant
inlet gas flow rate of2.66x10-4 m3/s and liquid flow rate of 1.73x10-4m3/s was studied
in the module. The C02 concentration profile in tube side is shown in Figure 4.9:
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Figure 4.9 Fiber side concentration profile of 39.33mol/m3 in ordinary membrane
contactor for constant inlet gas flow rate of2.66xl0-4m3/s and liquid flow rate of
1.74xl0-4m3/s

Similar to the dual membrane modules, the C02 concentration of ordinary single
membrane HFMC in the fiber side decreases along the length of membrane though the
concentration in the shell side increases along the membrane width, shown in Figure
4. 10.

52

10.0
-water

9.0
......_

8.0

'?

E

0

E.

7.0

c

6.0

~
'-

5.0

0

c

Q)

u
c
0

4.0

l)
N

0

3.0

l)

2.0
1.0
0.0
0

0.02

0.04
0.06
l\t1embrane width (m)

0.08

0.1

Figure 4.10 Shell side concentration profile of39.33 moVm3 C02 in ordinary
membrane contactor for constant inlet gas flow rate of2.66x10-4 m 3/s and liquid flow
rate of 1.74x10-4 m3/s

Table 4.5 shows the C02 concentration change in shell side and fiber side of ordinary
membrane contactor. C02 concentration in mixture gas decrea es from 39.33moVm

3

to 17.24 moVm3 along the membrane length and the C02 concentration in solvent
increases from 0 to 7.27moUm3. The C0 2 absorption efficiency i 56%. It is clear that
the C02 concentrations at both liquid and gas outlet are higher than dual hollow fiber
module due to missing of nonporous hollow fibers as stripping system.
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Table 4.5 0 2 inlet and outlet concentration in ordinary membrane HFMC
C0 2 Concentration

Mixture gas
Solvent

C;,(moVm3)

C0111 (moVm3)

39.33

17.24

0

5.92

4.6 Comparison of Module Performances

Figure 4.8 compares the C02 concentration profiles in mixture gas in Module 1,
Module II and ordinary membrane contactor. Absorption of 39.33 mol/m3 C02 at
constant solvent flow rate of 1.73x10-4 m3/s and gas flow rate of 2.66xl0-5 m3/s. Both
Modules 1 and II show advantages over the ordinary single HFMC. Low press in the
nonporous membrane could can partially regenerate the solvent during the absorption
and resu lt in a better gas removal efficiency. As shown in the Figure, the dual HFMC
contactors can improve C02 removal performance by 25% compared to the ordinary
membrane contactor under the same solvent flow rate. Moreover, the appearance of
baffles in the Module can improve C02 removal performance to 10% (when the baffle
number is 2) compared to dual membrane Module I. The C02 concentrations at gas
outlet in three modules are listed in Table 4.6.
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Table 4.6 C02 concentration changes of mix gas in Module I, II and ordinary HFMC
C02 Concentration in Solvent

Ciu(mol/m

3
)

Cout(mollm

Module I

39.33

8.96

Module II

39.33

6.99

Ordinary Membrane Contactor

39.33

17.24

3
)

The impact of the baffles numbers on the removal efficiency were discussed in
Chapter 5. Table 4.7 compares the C02 concentration change in liquid phase of three
modules for constant inlet gas flow rate of 2.66x I 0-4 m 3Is and liquid flow rate of
1.74xl04 m31s. The C02 concentrations at liquid outlet in the solvent from
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dual-membrane contactors are lower than that from the ordinary single-membrane
contactor. Meanwhile, Module II has a higher outlet C02 concentration comparing to
Module I mainly due to the appearance of baffles, which prolongs the liquid pass and
increases the gas liquid contact time. Compared to ordinary membrane contactor, C02
absorption efficiency in Module I is improved by 21% and that in Module II is
improved by 30%

Table 4. 7 C02 concentration change in shell side of Module I, II and ordinary HFMC
C;,(mol/m3)

C02 Concentration in Solvent

Cout(mollm

Module I

0

1.29

Module II

0

3.65

Ordinary Membrane Contactor

0

5.92

3

)

Table 4.8 compares the C02 concentration change in nonporous membrane in Module
I and II under the same flow rates. The C02 concentration in nonporous fibers
increases from 0 to 4.03mole/m3 in Module I whereas increases from 0 to 6.2mole/m 3
in Module II. Module II seems preferable to Module I in terms of outlet COz
concentration in mixture gas and but received higher concentration in solvent phase.
The installation of baffies in the module physically increase the path of the liquid
flowing through the module which meanwhile prolongs contact time between gas and
liquid, hence results in good chance of liquid to be loaded more than that in Module I.
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Moreover, the baffles in real case would play the part as mechanical support of fibers,
especially when shell side flow passes the fibers in a high flow rate.

Table 4.8 C02 concentration change in Nonporous fibres of Module I and II
C02 Concentration in Nonporous Fibers

C;,(mol/m3)

Module I

0

4.03

Module II

0

6.2

Cout(mol/m

3

)

4.7 Fluid Dynamics in Module II

The baffles in Module II can not only minimize the liquid bypass but also impact on
the liquid velocity, moreover, the flux and also mass transfer coefficient is a strong
function of liquid flow rate, which may justify the study of fluid dynamics in shell
side. As described in Chapter 3, FLUENT v.6 was used as the CFD simulation
package in this work to predict velocity profiles in the shell side. Computations were
performed on a grid that was generated using the meshing software GAMBIT® 2.2.
Structured meshing was performed to divide the flow domain into 39,530
quadrilaterals cells and grid refinement was performed to achieve grid independency.

C02 absorption for inlet gas flow rate of2.66x10 4 m3/s and liquid flow rate of 1.74x
10-4 m3/s was studied. The superficial velocity at the liquid inlet is assumed to be
constant, which was calculated by dividing the flow rate with superficial area at liquid
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inlet as the inlet velocity. The re ult hows in the Figure A. I and Figure A.2 in
Appendix that the velocity magnitude has different contours and velocity change
greatly e pecially when liquid flows through the baffle . The maximum velocity
reaches 0.1 m/s whereas the minimum i 0.

As demonstrated before, the mass transfer is a strong function of liquid flow rate. To
combine the fluid dynamics of liquid in hell side with mass transfer in the module,
the velocity data were exported from FLUENT and equations were fit to the velocity
data. Due to the complexity of the module geometry, it is hard to conclude one
function describing the velocity profile so the computational domain can be divided
into several parts where fitting functions were developed for each cell, respectively.
Function fitting to the velocity values were generated by Table Curve 3D® (Function
fitting software) for each cell.

The velocity functions of velocity and locations were substituted into the governing
equation of mass transfer. The absorption for constant inlet gas flow rate of 2.66xl0-4
m 3/s and liquid flow rate of 1.74xl0-4m 3 /s is studied where C02 at gas inlet is
39.33mol/m3 . The C02 absorption in Module 11 with assumed constant velocity in
liquid is compared to that with the real velocity in Table 4.9.
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Table 4.9 C02 concentration at gas outlet in Module II with different ve locity profiles

C;, (mol/m3 )

Com (mol/m 3)

Module II(constant velocity)

39.33

6.99

Module II(real velocity)

39.33

5.58

C02 Concentration

C02 concentration at gas outlet in Module II with constant profile decreases from
39.33moVm3 to 6.99moVm3, the other one with real velocity profile decreases to
5.58moVm3. It shows that module II with simulated velocity profile receives better
absorption performance which also proves that the mass transfer is a strong function
of liquid velocity and the fluid dynamics should be considered in the HFMC
absorption.
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Chapter 5
Analysis of Model Parameters
In addition to gas composition and absorbing solvent, the absorption efficiency of
HFMC also depends on the variety of model parameters such as geometry of module,
solvent flow rate, gas flow rate and the pressure applied on the permeate side. In this
chapter, the effects of some of the parameters on the efficiency of C02 removal are
examined. As demonstrated in Chapter 2, both Modules 1 and 11 can improve the C02
removal efficiency compared to the ordinary HFMC. We focus on Module I in the
analysis of parameters. The impacts of each parameter on the gas removal
performance can be observed and compared by changing these parameters separately,
which can subsequently lead to the optimal module design and selection of parameters
in the future follow-up experiments. The common parameters are kept the same as
those used in previous chapters in the following chapter.

5.1 Module Length

To examine the impact of module length on the C02 removal performance, modules
with different lengths are studied under the same gas flow rate and liquid flow rate.
The C02 absorption of gas phase in different modules is shown in Figure 5.1. The
length differs from 0.02m to 0.2m with gas flow rate of2.66xl0·5 m3/s and liquid flow
rate of I .73 x 10Am3Is.
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Figure 5.1 The effect of module length on C02 removal

As module length increases from 0.02m to 0.22m, the C02 absorption efficiency
increases from 41 % to 91%. Under the same liquid flow rate, the liquid velocity in the
module with longer length is much higher, which consequently re ults in a better mas
transfer between gas and liquid phase.

5.2 Solvent Flow Rate

As demonstrated in previous chapters, the overall mass transfer resistance mainly
relies on the liquid side in non wetted liquid and gas membrane contactors, so the
absorption efficiency changes as different liquid flow rates. Ab orption percentage of

C02 was compared under various volume flow rates from 1.73x 1o-5 m 3I to 2.17x 10-4
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m 3Is to examine how liquid flow rates effect the absorption performance .
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Figure 5.2 The effect of solvent flow rate on C02 removal

As liquid flow rate increases to 0.01 rn/s, the absorption efficiency has been improved
from 42% to 85%.This is due to the decreased resistance in the liquid side due to
increased liquid regeneration. Moreover, at larger liquid flow rate, the liquid loaded
with C02 is substituted quickly with fresh liquid which generates greater driving force
for mass transfer between the membranes.

It also confirms that in the case of

physical absorption of a sparingly soluble gas, the controlling mass transfer resistance
lies on the liquid side. This is a very important factor when enhanced solvents
formulated for C02 gas removal purpose' are considered in combination with a
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compact membrane contactor for gas processing facilities.

5.3 Gas Flow Rate

The impact of inlet gas flow rate on the C02 absorption is depicted in Figure 5.3. Inlet
gas flow rate is varied from lxl0-6 m3/s to 5x10-5 m 3/s. It is clear from the figure that
the C02 absorption efficiency decreases by 40% as the gas flow rate increases by a
factor of five. This tendency is mainly due to less gas residence time in the module
instead of mass transfer resistance which is different from the impact of liquid flow
rate.
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5.4 Pressure on the Permeate Side

To examine the effect of the permeate side pressure on the C02 removal efficiency, the
pressure is increased in 0.5 x 105 Pa increments starting from vacuum 0.1 x 105 Pa
through 1. 0 x 106 Pa.
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Figure 5.4 The effect of pressure on permeate side on C02 gas removal

From Figure 5.4 the C02 absorption percentage decreases from 80.7% to 78 %, almost
linearly with pressure. This indicates that the lower the permeate side pressure, the
better removal performance for the novel dual-membrane contactor and the highest
removal percentage happens when vacuum is provided in the nonporous membrane.
Considering the gas pressure in practical operation, the novel dual-membrane system
can improve the performance of membrane contactors only when a positive
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differential pressure exists between the solvent side and the permeate side, which the
requirement for all mass transfer devices. Inversely, the mass transfer will reverse and
the second membrane will impose a negative effect on the gas removal efficiency if
this negative driving force happens.

5.5 The Henry's Constant

It is known that the Henry's constant is a parameter related to gas solubility and

depends on the type of solvent chosen for gas treating processes. lt is also known that
when the solvent is changed both the Henry's constant and diffusivity will change.
However, to examine the effect of Henry's constant on C02 removal performance, all
the other parameters are kept constant and the Henry's constant is increased from 1.0
to 4.0. By comparing the C02 absorption efficiency under different Henry's constant
values, the impact of Henry's constant can be assessed. As shown in Figure 5.5, C02
absorption efficiency shows an increasing trend as the Henry's constant value
increases. This correlation would be helpful in solvent selection during future module
construction.
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Figure 5.5 The effect of Henry's constant on C02 removal

5.6 Diffusion coefficient

Similar to the Henry's constant, the ability of C02 component diffusing through
solvents varies as different combination of gas component and absorption solvent. To
examine the effect of diffusivity, all the other parameters are kept constant and the

absorption efficiencies of modules with different diffusivity coefficient are shown in
Figure 5.6. C02 absorption efficiency shows an increasing trend as the diffusivity
coefficient increases which is mainly due to large rate of mass transfer between gas
and liquid phase. Particular attention should be given to this issue in absorption of
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different C0 2 components.
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5.7 Number of Baffles

To study the effects of baffles in the module, the absorption efficiency of modules
with different number of baffles has been compared. The baffle number is varied from
0 to 7. Figure 5.7 shows C02 removal percentage in gas outlet with different number
of baffles. As the baffle number increases from zero to five, the absorption increases
from 22% to 57%. This demonstrates the positive effect baffles have on the mass
transfer by providing a velocity component normal to the membrane surface. In
practical operation, the cost of complicated geometry should also be considered in
although more baffles could bring higher removal efficiency.
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5.8 Permeability of nonporous fibres

The effect of the permeability of nonporous fibre on C02 removal has also been
studied. All the other parameters are kept same and the permeability of nonporous
fibres varies from 500 to 45,000 Barrer. The C02 absorption efficiencies slightly
increase as permeability increases which shows that the nonporou membrane with
higher permeability would be preferred in the dual membrane module for C02
removal.
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Figure 5.8 The effect of permeability of nonporous membrane on C02 removal

The discussions above mainly focus on the effect of individual parameters on the
novel dual membrane hollow fiber systems. However, in real engineering design,
certain parameters likely interact with each other, which would need to take an
extensive analysis into consideration to obtain the optimum performance and
economic value.

In addition, all the above analysis is based on the C02 and water system, so when the
C02 component or absorption solvent changes, the optimum operating parameters will
also change accordingly.
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Chapter 6
Conclusions

6.1 Summary

This thesis conceptually proposes two dual-membrane configurations to improve the
performance of the ordinary single-membrane HFMC. In Module I, nonporous
membrane fibres are added into the module and arranged alternately with porous
membrane fibres. Meanwhile, low pressure is provided on the permeate side of the
nonporous fibres; In Module II , in addition to nonporous membrane fibres and low
pressure, baffles are introduced, equidistantly placed along the membrane width in the
module. Theoretically both modules can partially regenerate the solvent stream
simultaneously with the absorption process, thereby obtaining a better efficiency.
Additionally, to demonstrate the efficiency of two dual hollow fibre modules for the
removal of gaseous contaminants compared to ordinary single membrane HFMC, a
novel mathematical modeling approach using mass balance principles governing the
absorption and stripping processes is proposed to predict absorption performances of
two novel modules as well as ordinary module.

The novel numerical model is partially verified by being applied on the module
proposed by Dindore et al. The predictions of the model are compared to experimental
data [ 16]. The proposals of novel modules and ordinary HFMC are also modeled with
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partial differential equations and solved numerically based on single-component
absorption to check how the novel modules can improve the performance.
Considering the impact of the shell side flow rate on the mass transfer in Module II,
velocity magnitude in the module has been modeled in CFD software, the modelling
results are imported into surface fitter to find idea linear equations to describe three
dimensional empirical data, which can be incorporated into the numerical model to
investigate the mass transfer as the velocity changes. A series of analysis was
implemented based on the solutions to check how various parameters affect the C02
removal performance.

6.2 Conclusions

Based on the analysis and the comparisons between the proposed dual-membrane
HFMC and ordinary single-membrane HFMC, it can be concluded that:

1. Both novel dual-membrane modules can substantially improve the C02 removal
efficiency over ordinary single-membrane HFMC under suitable parameter choice
and operating conditions;
2. From the engineering perspective, Module II is more efficient than Module I to
improve the performance of ordinary membrane contactor but may also cost more
in construction.
3. The module length poses a significant impact on the performance of both modules;
the better removal performance can be expected as module length increases.
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4. The permeate side pressure also plays an important role on absorption
performance. The better removal performance for Module II can be expected.
However, the nonporous membrane will impose a negative effect on the gas
removal efficiency when the permeate side pressure is too high.
5. When Henry's constant is in a certain range, the performance of Module II wou ld
be improved as the Henry's constant increases.
6. The change in diffusivity coefficient would also impact on absorption efficiency.
Improvement can be expected from the dual-membrane contactor when the
diffusivity coefficient increases.
7. The large solvent flow rate can improve the solvent regeneration which is helpful
for the absorption efficiency for dual membrane modules. On the contrast, the gas
flow rate impacts on the opposite way. Larger gas flow rate would results in
decreasing absorption efficiency due to less gas and liquid contact time.
8. The absorption efficiency shows a slight increasing trend when the permeability
increase. However, when permeability is larger than a certain value, increasing
permeability will not result in a significant improvement to the performance.

6.3 Follow-up work

All the analysis and predictions regarding the novel dual-membrane contactors are
based on mathematical models and therefore at a conceptual stage, to verify whether
and how the configurations can improve the performance realistically, an experimental

72

------------------------------------------------------------------------------------

set-up should be designed and tests carried out in the following work, which will take
the membrane wetting and swelling problem into consideration along with absorption
process. In addition, the velocity profile in the shell side should also be extended to be
compared to the model simulation. Due to the geometry complexity resulted in by the
presence of fibers in the module, the velocity field studied in this work did not
consider the fibers in the shell side. However the presence of fibers would definitely
have a significant impact on the velocity change and probably would result in a plug
flow. If the velocity change in shell side could be measured in accurately in
experiments, the impact of velocity on absorption efficiency could be understood
better, which will be helpful in facility design and process control for natural gas
processing through HFMC.
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Appendix A
A.l Grid Generation

The baffles in Module II can not only minimize the liquid bypass but also improve the
liquid velocity, moreover, the flux and also mass transfer coefficient is a strong
function of liquid flow rate, which makes the study of fluid dynamics in shell side a
must. As described in Chapter 3, the FLUENT v6 was used as the CFD
(Computational Fluid Dynamics) simulation package in this work to visualize the
change of flow rates in the shell side. Computations were performed on a grid that was
generated by using the meshing software GAMBIT® 2.2. Structured meshing was
performed to divide the flow domain into 39,530 quadrilaterals cells and grid
refinement was performed to achieve grid independency, as shown in Figure A.l .
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Figure A.l Grid of flowing interior in Module II

A.2 Contours of liquid velocity magnitude in shell side of Module II

The discretized governing equations in Charpter 3 were solved in each cell based on
fin ite volume technique. The discrete ve locities and pressures were stored by a
non-staggered system, which consists of cells and faces. These values were stored in
the cells center. The velocity and pressure parameters would be linked and solved by
SIMPLE algorithm and accelerated by algebraic multi-grid solver (AMG). C02
absorption for inlet gas flow rate of 2.66x 10-4 m3/s and liquid flow rate of I. 74x 10-4
m 3Is was studied. The superficial velocity at the liquid inlet is assumed to be constant,
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which was calculated by dividing the fl ow rate with superficial area at liquid inlet as
the inlet velocity. Figure A.2 shows the contours of velocity change in the shell side
with inlet superfic ial velocity is 0.025 m/s. It shows in the fi gure that the velocity
magnitude has different contours and velocity changes greatly especially when liqui d
fl ows through the baffles. The max imum velocity reaches 0. 1 m/s whereas the
minimum one is 0.
Liquh:l outlet

Conmurs of velocity rn.agnitude
(rnfs)

t t t t t tt t

Vo

Liquid Inlet

Figure A.2 Contours of liquid velocity magnitude in shell side from FLUENT 6.3
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